Principles and Practices of Process Equipment and Plant Design
Prof. Gargi Das
Prof. S. Ray
Department of Chemical Engineering
Indian Institute of Technology, Kharagpur

Module - 02
Lecture - 13
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Well so, we continue with our discussions regarding the McCabe Thiele construction of

the number of stages and then, we will be going over to the optimum design.
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So, therefore, what we were discussing? We were discussing the limits of the separation
of or rather the limits between which the reflux ratio has to operate. | had already
mentioned that there are two extreme cases, one is the total reflux condition and the other
is @ minimum reflux condition. For the total reflux condition, we do not draw out any

particular distillate. So, therefore, D is equal to 0.

Now, if you remember in the enrichment section operating line under this condition, then

what do you have?

Vyn+1 = Lxy + Dxp



So, therefore, when D becomes equal to 0 naturally, then the entire vapour which had gone
that same vapour is drawn. It is the same amount of liquid that is introduced as reflux into
the column. So, therefore, when V=L, then y,,., = x,,. S0, therefore, we find that for such
a case, for the total reflux condition, we find that the upper operating line that coincides
with the diagonal line and it extends from the point (Xp, Xp) to the point (X, Xs).

What happens to the stripping section operating line at the same condition? For the

stripping section operating line, we have the equation if you remember,
I7'ym+1 = LXy, — Bxp

When we are not withdrawing any particular product from the top, or any particular
distillate from the top naturally and we are also not withdrawing any particular bottom
product, then Bxs becomes equal to 0. In this condition, if L bar equals to V bar which
says that in the stripping section also the operating line is going to coincide with the 45°

diagonal line.

So, therefore, we find that under the total reflux where neither a distillate nor a bottom
product stream is withdrawn. Quite naturally, the feed rate to the column is O under this
condition. The entire liquid from the condenser is reflux back. The entire liquid from the
bottom tray is vaporised and the entire vapour is sent back as the vapour reflux. Under this

condition, we find that the operating lines coincide with the 45° line as | have mentioned.

In this particular case, therefore, we find that if you draw the stairs, we find that for any
particular separation we, since the operating lines are furthest from the equilibrium curve
so, therefore, the minimum number of stages are required to bring about any particular

separation from a known feed composition.

Another important thing is that since we are not constructing the g line so, therefore, quite
naturally the minimum number of the ideal stages is designated as Nmin that is independent
of the feed condition because we do not need the g-line for this particular construction. So,

this corresponds to the total reflux condition.
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The other thing is the minimum reflux. What happens under the minimum reflux? For the
minimum reflux condition, we find that quite naturally with the minimum amount of reflux

we would like to start.

So, under this condition for any particular feed condition, we will find that the minimum
reflux will be achieved when the enrichment section operating line and the g-line, intersect
at the equilibrium curve. Under this condition, if | am drawing the stripping section
operating line and then, in that case also, we find that all of them intersect at the

equilibrium curve.

So, what does this suggest? If you try to make stairs in this particular case, you find that
you cannot proceed with the staircase thing. Fick says that for the minimum reflux
condition quite naturally, you would require an infinite number of stages which | have

already discussed.

So, for this particular condition, if you extend the enrichment section operating line to the
y axis, what is the y intercept in this particular case? It is naturally Xp/ (Rmin + 1). We can

write it as Rmin, OF you can write it as Rm.



So, therefore, this is the limiting operation. We cannot operate under this condition as well.
But we would always like to have a reflux ratio that is higher than the Rmin. So that the
operating line shifts further away from the equilibrium curve. So, therefore, this particular
case, the case from where we start from the point (xp, Xp) and the intersection of the g-line
with the enrichment section operating line that occurs at the equilibrium curve. If we

intersect that part, then we find that the intersection occurs at (xo/ Rm + 1).

So, therefore, from this construction, we can find out the Rm. Typically, it lies between 1.1
to 1.5. We know that this Rm is fixed for a given separation. As for a given separation, this

Xp, Xr are all fixed, the g-line is fixed so Rm is fixed.

We can this geometrical construction. If we can write it down, we can get an analytical

expression.

_xp[l+ (a— Dxp] — axg
™ axp — xp[1+ (@ — 1Dxg]

Based on this analytical expression also, we can find out Rm. Normally, what do we do?
We first find out Rm for any particular design. After we have found out Rm, then we select
some particular R by using Rm. So, therefore, R/Rm has to be > 1.

The R/Rn ratio typically lies between 1.1 to 1.5. So, therefore, we would always like to
keep it to a little higher value such that R by any particular change in operating condition

does not approach R minimum under which we will get an infeasible operation.

So, for design what do we do? We first find out the R, for the xp, Xr and the g point. Once
we have found it out. We find out Rm either by this equation or by this particular

construction. Once these are done, then we select R which is slightly higher than the Rm.
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The moment, we have selected what do we do? Then, we have located the particular
operating line, the actual operating line. We have located the stripping section operating
line. After that, we start dropping the stairs and we find out the actual number of ideal
stages corresponding to the R which is something higher than the Rm.

So, if we summarize exactly what are the different steps required for calculating ideal
number of stages. The first thing is to draw the equilibrium curve and we would also locate
the diagonal line. Then, on the diagonal line, we are going to locate three points mainly
(Xp, Xp), (Xr, XF), and (xg, x8). After that what do we do? We estimate Rm, either from the
analytical expression that | have shown you or from the y-intercept from anything you can
find out the R.

Then, we select some particular R that lies between 1.1 to 1.5 Rm. Then, corresponding to

this particular R, what we do? We find % . Then, from % on the y axis and (Xp, Xp),
we draw the joining these two points. We draw the enrichment section operating line and

after that, what we do?

We fix the feed condition. So, therefore, we find out to start with, | have said to start with

g = 1, we assume the saturated liquid curve. Then, we find out g/(q-1). From this (Xr, Xp



we with the slope of g/(g-1). We construct the g-line and after that, we fix the feed

condition, and we construct the g-line.

Once these two lines are drawn, then we construct the stripping section operating line. The
basic assumption of the “McCabe Thiele” method is all these lines are straight lines.
Therefore, the stripping section operating line starts from the point (xg, xg) and it
intersects, it is drawn till the intersection of g-line and your enrichment section operating
line.

Once this is done, then we start the staircase construction and we construct the staircase
construction for the region construct staircase and for the portion before the feed or above
the feed, we make the steps between the enrichment section operating line and the
equilibrium curve. Beyond the g-line, we make the steps between the stripping section

operating line and the equilibrium curve.

So, this is the way we do and then, we find out the Nstripping, We find out the Nenrichment and

this gives us the niwta NUMber of ideal stages in this particular case.

Ntotal = nstripping + Nenrichment
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Example Problem: P + 0.3
A stream of 1 kmol/sec o-xylene containing 30 mole % toluene is to be fractionated in a distillation column with a total condenser}
The toluene rich stream must contain at least 85 mole % toluene and the o-xylene rich stream should contain below 2 mole ¢
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location of the feed stage if the topmost stage no. is 1, (d) overhead condenser heat duty.

Other information / Data:
Boiling Point data: Toluene (110.6 °C) o-xylene (144 °C)
Equilibrium data (relative volatility of toluene with respect to o-xylene, a = 2.7)
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So, just to demonstrate, | have given you a problem. You can try out this problem yourself.
I will just write down the steps. The steps are written following that we can do it. We find
that F is equals to 1 kmol/sec, its ortho xylene which contains 30 mole% toluene, toluene

is the more volatile component.

So, therefore, xr = 0.3, we are operating with the total condenser and the toluene-rich
stream means what? It is the distillate. So, the distillate composition is also given in terms

of toluene.

And we find that the o-xylene rich stream is what? That o-xylene rich stream is the bottom
product. So, that should contain below 2 mole% toluene. So, therefore, we know Xg is
equal to 0.02. So, therefore, for this particular problem initially, what do we do? We

assume just every time, we assume feed is at the bubble point.

Now, | would demonstrate it or we would be working this out in this class for R/Rm = 1.2.
You can try it for other R’s and you can see it. Xr, it is written as 0.3, xp | have written
down 0.8, x B equals to 0.02. The alpha is given as 2.7. So, therefore, the moment the

alpha is given, we know y* this is equals to we had already done it previously.

. ax
Y T (a—Dx+1

So, therefore, corresponding to x = 0.1, 0.2 etcetera we can generate the corresponding y*

values and | have done it and this is tabulated in this case.
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X,y = mole fraction of toluene in liquid and vapor phase respectively

Now, we start with the enrichment section operating line. For the enrichment section

operating line, what do we do? First, we need to find out the Rm.
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So, therefore, for finding out the R minimum just if you can see the entire, this is the
operating section line. So, therefore, it starts from (xp, xp) till this particular point and

then, it is extended here.

So, this point is the feed point and so therefore, what is this point? You know the (Xr, Xr)
point. So, therefore, this point will be corresponding to the (y#*, Xf). You know a, you can

find out y¢*. You will find that the y¢* in this particular case is equal to 0.536.

So, therefore, this particular point corresponds to 0.536. | have written it differently, it
should be 0.3 and it should be written as (xs, y¢*) which will be (0.3, 0.536). So, this point
we know(feed point), this point (corresponding point on equilibrium curve) we know, we

can extend it. We find when we extend it. The intercept is at 0.3653. We know xp=0.85.

So, from there, we can find out Rm. The Ry if you find out, you will find that this
corresponds to 1.327. So, we had decided that we will be working with 1.2 Rm. So,

therefore, we will be working with R of 1.592.

Now, for this particular case, again we start in the same way, we start with the same
distillate composition and then, we extend it to the y-intercept of xp/ (R+1). xp = 0.85, R
is equal to 1.592. So, therefore, you find that the y-intercept in this particular case, it
corresponds to 0.25. So, therefore, this particular point if you observe, you find that this
particular point is roughly around 0.25. So, therefore, from there, we can find out the actual

R which we have already found out and more or less this line we have drawn.

Then, from the feed point what do we do? We have taken a saturated feed. We draw the
vertical line and after that we know this point corresponds to the 2% toluene. There (Xg,
xg) is (0.02, 0.02). From here, we extend the stripping section operating line. Once we

have done this, now we start dropping the number of steps.

Please do it yourself, you will find that in this particular process more or less, we have 3
trays specifically 3 trays in the enrichment section. In the 4th tray, we find we shift from
the enrichment to the stripping section. So, therefore, it means that the feed is introduced
in the 4th tray and the total number of trays are equal to the total number of stages this is
equal to 10.



Try it out yourself and you are going to see that you will be getting this corresponding to
a reflux ratio of 1.592 for a feed flow rate of this and a distillate recovery and the bottoms

composition as specified here. Well, this is the number of ideal stages.

(Refer Slide Time: 18:40)
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Now, if you remember, we had already discussed, in reality, the thing that we had assumed
that the mass transfer occurs such that the steps extend from the operating line to the
equilibrium curve that does not happen in practice. In practice, we find that mostly the
mass transfer is much less as compared to the mass transfer under this condition. So,
therefore, in reality, we find that we do not have the mass transfer to that extent rather we

have a little lower mass transfer.

So, therefore, for each tray if this happens, we find that from yx.1 instead of going to y»*

which lies on the equilibrium curve, actually the mass transfer happens till yn.

Yn — Vn+1

v =
Yn = Yn+1

This particular ratio is known as the Murphree tray efficiency. This gives us the fractional

approach to equilibrium for each particular stage.



So, therefore, what do we do? If we know the Murphree tray efficiency, then for every
point, we if we know n,,, then multiplying n,, with (y, — y,4+1), We can locate yn
corresponding to each particular x. Then through all these points, we can draw the actual

curve between which and the operating line, the mass transfer will take place.

We would be dropping the stairs, not between the equilibrium and the operating line, but
between the line that we have drawn and the two operating lines and from here. We find
that quite naturally the number of actual stages, which are required, will be much higher

as compared to the number of stages that will be required for the ideal stages.

Now, this is one particular definition of tray efficiency. There is another way also by which
we define the overall tray efficiency and which defines as the number of ideal trays which
are required for any particular separation divided by the actual number of trays that are

required to bring about this particular separation.

(Refer Slide Time: 21:19)
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Mostly, we use this overall tray efficiency in finding out the actual number of stages or the
actual number of trays. Normally, we find that this overall efficiency is a complex function.
Like the geometry design of contacting trays, the flow rates, the flow paths, composition,

and properties of the vapour-liquid streams etc.



Typically, from the available industry data, | have noted down a few particular processes
and the corresponding np, the overall tray efficiencies for the enrichment section and the
stripping section. This can be referred to while you would like to find out the actual number
of trays.

For example, in your particular case, we found that you were operating an o-xylene
column. For the o-xylene column, the efficiency in the enrichment and the stripping

sections can be taken as 80.

So, therefore, you have found out the number of trays in the enrichment section, you have
found out the number of trays in the stripping section. For each particular case, you are
supposed to find the actual number of trays in the enrichment section which is nothing, but
the ideal number of stages divided by 0.8. The same thing you are supposed to do for the
stripping section. In this case, also, n ideal divided by 0.8, from adding up these two. You

would get the actual number of trays in the total column that you require well.

(Refer Slide Time: 22:59)
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Reflux ratio for the column is selected as the independent parameter to be varied
to minimise the annualised cost of the system

So, the entire thing, what | had discussed, is at one particular reflux ratio. Now, normally,
what you are supposed to do? Normally, we would like to go for an optimum design. As |

have already discussed that for the optimum design, we would like to use optimum R.



Optimum rather we would like to find out the optimized design based on that particular

reflux flow rate which would give us the minimum annualized total cost as I have told you.

So, therefore, we select the reflux ratio for the column as the independent parameter to

minimize the annualized cost.

Now, what is this annualized cost? First, let us see what is the total cost. The total cost is

equal to the equipment cost or you can say the capital cost plus the operating cost.
total cost = capital cost + operating cost

What are the things which should be included in the capital cost? Capital cost naturally
should include the cost of the column, the cost of the condenser, the cost of the reboiler,
and also the cost of the pumps. Normally, these costs are much higher. So, therefore, we

normally do not include this. This does not contribute much to the cost.

Now, for all these things, there are two things; one is a material cost will be there, the other
will be a fabrication cost. Normally, what do we do? We can find out the material cost.
How you would like to find out the material cost? You know what is the material that you
will be using may be for the column. For this particular column, we would go for alloy
steel. Then, for this particular column, we know that what is going to be the column height.
The column height can be obtained from the number of trays as well as the tray spacing

which I will be discussing shortly after this.

So, therefore, once | know the total column height which where | know that the column

height is nothing, but the number of trays, the actual number of trays into the tray spacing.
column height = N, 4y X Tray spacing

We have to find out the column diameter. After that, we can find out the thickness of the
shell. The details regarding the thickness of the shell will be discussed in the discussions
or when we discuss the pressure vessels. Usually, the shell thickness is taken as 5 mm. It

is not less than 5 mm. The thickness is based on the operating pressure.

Normally, as | have said the Pop is equal to 1.1 kg/cm?. The Pesign is taken as 1.1 times the
Pop Which gives this as 1.21 1 kg/cm?. So, from here, the shell thickness can be obtained.

From the shell thickness etc., we can find out the material cost. Usually, the fabrication



cost and the material cost are taken as equal. So, therefore, for the column, the material

cost into 2 gives us the total cost of the column.
Total Cost of the column = material cost X 2

Same way for the reboiler and the condenser, what are they? They are nothing, they are
simply the two heat exchangers. So, therefore, if we can find out the Qc, if we can find out
Qr the heat loads, then we know that Qc is equal to UAAT. Qr is the same.

Q. or Q, = UAAT

So, therefore, if we know the overall heat transfer coefficient, we would be in a position

to find out the area. Once we have found out the area, then we can go for the cost data.

Now, we are not going into the details of the entire cost, you will not be asked to do the
detailed calculation. But the concepts which had been discussed will be asked during your

assessment questions and the final exam as well.

So, therefore, the condenser and the reboiler costs can also be obtained in this particular
way. We know that the Qc is nothing but equals to the total amount of heat load. The detail

mathematical expression is as follows:

Qc = (R + 1)D X Ahyqy

Ahvap = hV,Dldew point + hL,DIbubble point

So, therefore, from Ah,,4,,, we can find out the latent heat of vaporization. From Q. the

expression, we can find out the Qc.

Normally, for the Qr what do we do? We know the Qc, we know that the total enthalpy,
which is going out with the distillate, we know the total enthalpy which is going out with
the bottoms product, and we know that the total enthalpy which has entered with the feed

so, from these enthalpy calculations, we can find out Qr.
QT’ == DhD +BhB _th

So, therefore, we can find out the total cost which is nothing but equal to the capital cost
plus operating cost. Capital cost | have already discussed, operating cost among the



operating costs what do you have? You have got the cost of steam as well as the cost of

the cooling water.

So, therefore, if you know what is the amount of steam or the amount of cooling water that
you require, you know the price and you can assume. For a continuous plant, you can
assume say 8000 to 8200 hr per year of operation in 1 year. So, therefore, you can find out

the annual operating cost.

Now, for the capital cost, you have found out the total capital cost, it comes from the
material cost as and to you can double it by 2 so that you can get the entire total cost
including the material cost, fabrication cost. We do not include the cost of transportation

etc.

Now, this total cost from where you get? You either have to take a bank loan and then in
that case depending upon the loan rate more or less loan rate is between 12 to 14 %. So,

therefore, the annualized capital cost is nothing, but 0.14 into the capital cost.

This is the bank interest rate that you have to pay if you have taken a bank loan. If you
have not taken a bank loan, you have got the money, you are investing, then in that case
the loss of interest that you are incurring because you have not kept in the bank and you

are investing here.

So, therefore, once you find out the capital cost, you can find out the annualized capital
cost, you can find the annual operating cost based on the total amount of consumption of
cooling water as well as your steam. Usually, the steam cost is much more as compared to
cooling water cost. Once you have found this out, you can find out the annualized total

cost by adding the two, and then for each reflux ratio, you can generate this.

annualized total cost = annualized capital cost + annualized operating cost
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Normally, we find that with an increase in reflux ratio as you know that for a very low
reflux ratio at Rm, the number of trays goes to infinity. Then, it falls and it is asymptotic in
this particular way. In order to fix the limits at the two ends, generally we plot n/(n+1) as

a function of R/(R+1) and the graph can be generated.

The problem that | had given you, you can try it out, | had done it just for R equals to 1.2
Rm. You can extend it, you can start from 1.05 Ry to 1.5 Rm. For each particular Rm, you
can generate the n. The n/(n+1) and you can generate the curve and see for yourself what

you are going to get.
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After that, if all the details of the cost can be obtained, then definitely (I have already
discussed that the cost versus reflux ratio) this gives you the capital cost. This gives you
the operating cost from where we can get the total cost. Normally from the total cost, we
can locate the Roptimum Value. For this R optimum, it lies between the Rm and definitely, the

total reflux is infinity. So, therefore, Ropt is always greater than Rm.

So, therefore, this Ropt is located, this is obtained from economics. We find that in practice,
Rm can be less than 1.1, but we rarely adopt that. Mostly, we find that this particular
flattened portion extends for quite some time. So, therefore, we can take up any value of

R and we can operate it.

Normally, it is taken, you can assume that Ropt Will lie between 1.2 to 1.35 times of R,
this value is quite naturally for more difficult separations and this is for the easier say

easier separations.
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* In retrofitting an existing plant, decrease in R save utility

cost and a reflux sufficient to obtain the desired product yield

and purity should be used.

* (R/R,,) may have an upper limit set by tray flooding

Cost

+ If annualised fixed cost recalculated after detailed design is
within § to 10% of initial estimate, the design is taken as

optimum design

Reflux Ratio

R, adopted for an operating column depends upon the product value and desired dcgre.e of separation

Now, once you have calculated the whole thing, after that the entire cost has been done

based on certain assumptions.

(Refer Slide Time: 33:23)

I @9
Steps of Design

* Column Height = Necwar * TS + margin (for feed, top and bottom of column)

- Rmin from equation
- Number of ideal stages corresponding to each (R/Ruin) by Mc Cabe Thiele Method

- Optimum Reflux Ratio R, and N, corresponding to R,
- Number of actual trays, N, based on (1,) =(number of equilibrium stages / No. of actual trays

or Yn = Vun
My ="+
y n yml

+ Tray Spacing
~ ._-Single pass tray
+~No side draw

D> 1500 mm (To be checked)



What are the assumptions that we had taken? The assumptions 1, where we had taken a
single pass tray, we did not assume any side draw and then, for finding out the tray spacing.

Usually to start with we assume that the diameter of the column is greater than 1500 mm.

(Refer Slide Time: 33:39)

Tray Spacing

v Typically 450 < 7§ < 750 mm with values of 450, 600, 750 mm (18", 24", 30”) commonly used

v" Mechanical factors e.g. sufficient space to facilitate inspection and repairs.

- For D = 1500 mni, 7S > 600 mni to allow workmen to crawl between trays
- For D < 1200 mm 7§ ~ 450 mm (not necessary to crawl between trays in narrow towers)

v’ In cryogenic columns (oxygen plants), 7 as low as 75 mm (3”) as system viscosity and surface tension substantially lo
Main advantage - reduction in heat inleak to system and substantial decrease of operating cost

v’ 1.5 times the regular spacing or minimum 750 nim on draw off trays and trays where feed or circulating (or exteg
stream are introduce

A0 Wua-

v 1200 mm where manholes are provided. One manhole after 8 to 10 trays @
i >

v Minimum 1500 mm above chimney tray “4 p@

v" Tower top dome height up to TL (Tangent length) may be twice regular 7S or min. 1200 mm from t

Then, typically to find out the column height, we know the number of actual stages. We
would also like to find out the tray spacing so that from these we can find out the column
height.

So, for tray spacing, certain thumb rules are there which will be discussed in greater details
when we go for the column internals. For now, it is sufficient for you to remember that

usually for diameters greater than 1500 mm we can assume a tray spacing of 600 mm,

Normally, the diameter that you are going to get for your vapour flow rate for which you
are going to opt for a tray tower will be > 1500 mm. So, to start with, you can take up this
particular tray spacing and with this particular tray spacing, you can find out the column
height.

Now, this is the normal tray spacing for different trays. Now, remember one thing that tray
spacing will be different for a feed tray, you need additional space as | had said to allow
for vapour disengagement so that liquid is not entrained. So, normally, we find that for



feed trays for circulating reflux streams etc., it is either 1.5 times the regular spacing which

is a minimum of 750 mm.

Remember one thing for trays, we require manholes through which a person can enter and
fit the trays or if any repair or anything is required the person can enter. So, therefore,
whenever manholes are provided, you an additional tray space is required. You do not

have a chimney tray for the moment in your problem so, you need not bother about this.

Then, after the top tray the dome which you have that particular dome, it is usually twice
the regular tray spacing. So, for your particular column that you had in that column, we
found out that there were 10 trays. Now, remember one thing out of these 10 trays, 1 goes
to the reboiler. So, therefore, actually in the column how many trays you have? You have

got 9 trays.

Now, among these 9 trays, 1 was the feed tray. So, above the feed tray, you need 750 mm
spacing. Below the bottom tray, you would require, | forgot to mention below the bottom

tray also, you would be requiring around 900 mm of spacing.

So, therefore, for the remaining number of trays, you can assume 600 mm of spacing. For
the bottom-downcomer, you can assume 750 mm or 900 mm. For the feed tray, you can

assume 750 mm.

Since there are 10 trays, 1 tray will be provided with a manhole for that you can assume
1200 mm and then you find out the total column height. It will come to something around
| just check it up it will be around 8.25 meters. So, from there, you can find out the column
height.

Now, for the cost along with column height, you also require to find out the column
diameter. Regarding the column diameter, there are some standard techniques that we are

going to discuss, when we are going to discuss the column internals part.

So, once you know the column diameter, then you know the column height, then you can
find out the column cost, you can find out the reboiler and the condenser cost from
everything you can find out the capital cost, you can also find out the operating cost, total
cost. Repeat this particular calculation for different reflux ratios, generate this curve. Find



out the optimum reflux ratio and then, you can proceed to find out the actual number of

stages for an optimized design.

So, this completes the discussion on distillation columns distilling binary components. In
the next class, we will be discussing multi-component distillation and how we deal with

those particular situations.

Thank you very much.



